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a b s t r a c t

The production of olefins by the joint transformation of n-butane and methanol has been studied in a
fixed bed reactor on a HZSM-5 zeolite catalyst in the 400–575 ◦C temperature range. A methanol/n-butane
molar ratio of 3 has been used in order to obtain an energy-neutral integrated process, which enhances
the activity in the cracking reaction. Moreover, the joint transformation of the two reactants generates
a reaction medium with favourable composition for improving the yield and selectivity of C2–C4 olefins
eywords:
-Butane cracking
lefins
ethanol
ZSM-5 zeolite
rocess integration

compared to the two individual reactions. The olefins formed in n-butane cracking play a significant role
for both activating the methanol transformation mechanism and attenuating coke formation. Likewise,
the water formed in methanol dehydration also plays a significant role for attenuating the hydrogen
transfer reactions in n-butane cracking. These synergistic effects contribute to increasing olefin yields for
low values of space time, which has been quantified by means of a coefficient.
oke
eactivation

. Introduction

The petrochemical industry needs to respond quickly to market
equirements by increasing the production of raw materials with
rowing demand, such as olefins and especially propylene. Fig. 1
chematically shows the processes for olefin production from dif-
erent raw materials, which have been ordered according to their
ontribution to sustainability.

The forecast for raw material availability is 40 years for oil, 70
ears for natural gas and 170 years for coal, which are estimations
ased on the current consumption rate and excluding the reserves
f oil sands and shales [1,2]. In this context, the challenge facing
he petrochemical industry is to promote the upgrading of natural
as and coal and progressively valorise biomass products, espe-
ially lignocellulosic ones, thus contributing to a reduction in CO2
missions [3–5].

The main sources of C2–C4 olefins are the following units:
team cracking (70%), catalytic cracking (FCC) (fluidized catalytic
racking) (18%) and the MTO process (methanol to olefins) (10%),
hereas the remaining 2% is obtained by paraffin dehydrogenation
and oxidative dehydrogenation) and by metathesis [6]. This imbal-
nce in favour of steam cracking and FCC units for olefin production
s likely to persist over the coming years, given that important
rogress is being made in these units in pursuit of this objective,
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whereas the industrial implementation of alternative processes is
not imminent [7,8].

In the steam cracking process, the nature of the feed plays an
essential role in selectivity, so that 25% of ethylene is obtained with
a HVGO (heavy vacuum gas oil), whereas when feeding ethane (sep-
arated from natural gas, in which its content is about 4%), the yield
is increased to 80% and coke production in the unit is minimized [7].

Large-scale catalytic cracking (FCC) units are becoming more
important in olefin production due to the modifications in the
catalyst (with HZSM-5 as additive) and to the recirculation and
overcracking of stream products [9,10]. Thus, naphtha recircu-
lation can provide a selectivity of C2–C4 olefins of up to 70%,
with 35% propylene selectivity, although with a low conversion
[11]. Wang et al. [12] have proposed an additional reactor (riser)
for naphtha overcracking, which allows achieving (at pilot plant
scale) a conversion of 47% with propylene selectivity of 39%. More-
over, olefin production in FCC units can be increased by valorising
streams from other units in the refinery, such as the waxes from
FT (Fischer–Tropsch) synthesis [13], heavy naphthas from the
coker and visbreaker units [14,15], and the atmospheric distilla-
tion residue [16]. The most significant innovations developed in
a demonstration scale plant (30 barrels/day) by the consortium
Nippon-Oil Corporation and Saudi ARAMCO correspond to High-

Severity Fluidized Cracking (HS-FCC) [17], with a propylene yield of
25% feeding VGO (vacuum gas oil). There are also encouraging labo-
ratory results concerning olefin production obtained by co-feeding
waste plastics [18,19] or waste plastic pyrolysis waxes into FCC
units [20].

http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:diana.mier@ehu.es
dx.doi.org/10.1016/j.cej.2010.04.016
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Fig. 1. Processes

Amongst the processes with paraffins as feedstock, dehy-
rogenation increases propylene selectivity compared to steam
racking. The technological development achieved with propane
s feedstock is notable, although given the endothermicity of
he dehydrogenation, alternative processes (in fixed or fluidised
ed reactors) have the disadvantage of high energy consump-
ion, CO2 emissions and high coke deposition on the catalyst [21].
he energy requirement is avoided by oxidative dehydrogenation
ODHP) with O2, which contributes to coke combustion and so
ttenuates catalyst deactivation. Furthermore, the use of CO2 is
tudied as an oxidizer for helping to mitigate the greenhouse effect
22]. The industrial implementation of these processes requires the
arge-scale development of new catalytic reactors (such as those
ormed by multi-channel monoliths), which are suitable for the
educed contact times (ms) required for acceptable olefin selec-
ivity [23–25].

Methane valorisation has traditionally aroused great interest,
ith the aim being to replace oil with natural gas to obtain

uel and feedstock for the petrochemical industry. Unfortunately,
ethane reactions are thermodynamically unfavoured [26]. The

irect oxidative conversion of methane (methane oxidative cou-
ling, MOC) involves difficulties for controlling the exothermicity
f the reaction and for increasing the selectivity of olefins by mini-
izing CO2 formation [27–29]. As in the aforementioned processes,

echnological research is focused on improving the catalyst and on
eveloping new reactors. In this case, membrane reactors provide
ncouraging results (at laboratory scale) [30].

This paper studies the joint catalytic transformation of paraf-
ns (n-butane) and methanol over a HZSM-5 zeolite with the aim
f obtaining olefins. Martin et al. [31] proposed the CMHC (cou-

led methanol–hydrocarbon cracking) process which consists in
he integration of both reactions (endothermic n-butane cracking
nd exothermic methanol transformation) in a single fixed bed
eactor, with the advantage that the integrated process can be per-
ormed under energy neutral conditions, which is interesting for
efin production.

simplifying the reactor design and improving the reactivity of n-
butane.

Moreover, great attention has been paid in recent years to
selective olefin production from methanol. The implementation of
MTO process (methanol to olefins) units (on SAPO-34) is spread-
ing, by obtaining methanol from natural gas (via synthesis gas)
[32,33]. The results in the literature on the mechanism of the
MTO process [34–37], and on the deactivation by coke of different
catalysts (SAPO-34, SAPO-18 and HZSM-5 zeolites with differ-
ent modifications) [38,39] allow predicting favourable synergies
between the reactions of paraffin cracking and methanol transfor-
mation.

The CMHC process is interesting from the perspective of the
petrochemical industry’s sustainability. Methanol can be synthe-
sised from various alternative sources to oil (natural gas, coal or
biomass) via synthesis gas [40]. Furthermore, surplus paraffins in
refinery streams are also valorised.

2. Experimental

2.1. Reaction equipment and product analysis

The runs have been carried out under atmospheric pressure in
automated reaction equipment, Fig. 2. The operating variables are
controlled by bespoke software (Processa).

The reactor is made of 316 stainless steel with an internal diam-
eter of 9 mm and 10 cm of effective length. It is located inside
a ceramic covered stainless steel cylindrical chamber, which is
heated by an electric resistance, and can operate up to 100 atm
and 700 ◦C with a catalyst mass of up to 5 g. The bed consists of

a mixture of catalyst and inert solid (carborundum with an aver-
age particle diameter of 0.16 mm) to ensure bed isothermality and
attain sufficient height under low space time conditions. The tem-
perature is controlled by a digital TTM-125 Series controller and
measured by a thermocouple (K type) located in the catalyst bed.
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Fig. 2. Reac

here are two other temperature controllers: one for the furnace
hamber and the other for the transfer line between the reactor and
he gas chromatograph (micro-GC Varian CP-4900).

At the end of each run, temperature is kept constant and catalyst
weeping is carried out with a helium flow of 30 cm3 min−1 for
0 min, stabilizing and homogenizing the coke deposited on the
atalyst for further analysis.

Reaction product samples (diluted in a He stream of
7 cm3 min−1) are continuously analyzed in the gas chromato-
raph. The remaining stream of reaction products passes through
Peltier cell at 0 ◦C. The amount of liquid condensate is controlled
y a level sensor, and the non-condensable gas flow is vented.

The gas chromatograph (with Star Toolbar software) is pro-
ided with 3 analytical modules and the following columns:
orapak Q (PPQ) (10 m), where the lighter products are separated
CO2, methane, ethane, ethylene, propane, propylene, methanol,
imethyl ether, water, butanes and butenes); a molecular sieve
MS-5) (10 m) where H2, CO, O2 and N2 are separated; and
CB (CPSIL) (8 m), where C5–C10 fraction is separated. The com-
ounds were quantified and identified using calibration standards
f known concentration. The balance of atoms (C, H, O) is closed in
ll runs above 99.5%.

.2. Catalyst
The catalyst has been selected in a previous paper based on the
ombination of different criteria (activity at zero time on stream,
lefin selectivity, deactivation by coke deposition and hydrother-
al stability) [41]. The selected catalyst (HZ-30) has been prepared

ased on a HZSM-5 zeolite with SiO2/Al2O3 = 30 that, supplied by
quipment.

Zeolyst International in ammonium form, has been calcined at
570 ◦C in order to obtain the acid form.

The zeolite has been agglomerated with a binder (bentonite
Exaloid) (30 wt%) and alumina (Prolabo, calcined at 1000 ◦C to ren-
der it inert) as inert charge (45 wt%). The catalyst particles have
been obtained by wet extrusion, using a high-pressure hydraulic
piston (manufactured and supplied by Roquet, Spain), through
0.8 mm diameter holes. The extrudates are first dried at room
temperature for 24 h, then they are sieved to a particle diameter
between 0.3 and 0.15 mm. The particles are dried in an oven at
110 ◦C for 24 h and then calcined at 575 ◦C for 3 h. This temperature
is reached following a ramp of 5 ◦C min−1. The agglomeration of the
active phases does not significantly reduce acidity, but improves
the accessibility of the reactants (providing the catalysts with a
matrix with meso- and macropores), which is essential for reduc-
ing deactivation by coke deposition and increasing hydrothermal
stability in the regeneration step by coke combustion [42].

Other authors have identified the problem of irreversible deac-
tivation of the catalyst as one of the greatest difficulties in the
CMHC process [43–45]. This problem has been studied in a previ-
ous paper in which the used catalyst has been proven to recover its
activity for up to 10 reaction–regeneration cycles without observ-
ing irreversible deactivation either in the reaction stage or in the
regeneration stage, with the latter being performed in situ by coke
combustion with air in the reactor at 550 ◦C [46].
Table 1 sets out the physical properties and the acidity val-
ues of the catalyst. The porous structure has been determined
by N2 adsorption–desorption (Micromeritics ASAP 2010) and Hg
porosimetry (Micromeritics Autopore 9220). The micropore vol-
ume corresponds to the active phase, whereas the volume of meso-



D. Mier et al. / Chemical Engineering Journal 160 (2010) 760–769 763

Table 1
Physical properties and acidity of the catalyst.

Acid strength (kJ(molNH3 )−1) Total acidity (mmolNH3 g−1) dp (Å) SBET (m2 g−1) Vm (cm3 g−1) Vp (cm3 g−1) 17 < dp(Å) < 3000

120 0.23 102 220 0.044 0.69
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where F0 and Fe correspond to oxygenates + n-butane flowrate cal-
culated as CH2 equivalent moles at the inlet and outlet of the
reactor.
Pore volume distribution (%) <20/20 < dp(Å) < 500/>500

2.96/46.5/50.5

nd macropores correspond to the matrix of the catalyst (bentonite
nd alumina).

The total acidity and acid strength of the catalyst have been
etermined by monitoring the adsorption–desorption of NH3, by
ombining the techniques of thermo-gravimetric analysis and dif-
erential scanning calorimetry using a Setaram TG–DSC calorimeter
onnected on-line to a Thermostar mass spectrometer from Balzers
nstruments [47]. The Brönsted/Lewis (B/L) acid site ratio has been
etermined by analyzing the region of 1400–1700 cm−1 in the FTIR
pectrum of adsorbed pyridine, which has been obtained using a
pecac catalytic chamber connected on-line to a Nicolet 6700 FTIR
pectrometer. Fig. 3 shows the FTIR spectra of pyridine adsorbed at
50 ◦C.

The Brönsted/Lewis site ratio value at 150 ◦C has been deter-
ined from the ratio between the intensity of pyridine adsorption

ands at 1545 cm−1 and 1450 cm−1 and taking into account the
olar extinction coefficients of both adsorption bands given by

meis (εB = 1.67 cm �mol−1 and εL = 2.22 cm �mol−1) [48].

. Results

.1. Reactant ratio for an energy neutral process

Fig. 4 shows the contour maps for the heat released
kJ(molCH2 )−1) in the integrated process for different combinations
f temperature and methanol/n-butane molar ratios in the feed.
computer program written in MATLAB based on a methodology

stablished in the literature has been used [49,50]. As observed, the

ntegrated process is exothermic for high methanol/n-butane molar
atios and moderate temperatures, whereas the opposite condi-
ions correspond to an endothermic behaviour. At 550 ◦C and a

ethanol/n-butane molar ratio of 3/1 the process is energy neutral.

ig. 3. FTIR spectra of pyridine adsorbed at 150 ◦C on the catalyst and on the HZSM-5
eolite used for its preparation.
sted/Lewis ratio at 150 ◦C

3.2. Improvements in the product distribution

The operating conditions in the integrated process are: pressure,
atmospheric; methanol/n-butane ratios in the feed (in CH2 equiv-
alent units), up to 4; temperature, between 400 and 575 ◦C; space
time, up to 9.5 (g of catalyst) h (mol CH2)−1; time on stream, 4 h.
The individual reactions of n-butane cracking and methanol trans-
formation have been studied for values of space time of up to 2.4 (g
of catalyst) h (mol CH2)−1; the remaining conditions are the same
as those used in the integrated process.

The following lumps of products have been studied: light olefins
(ethylene, propylene and butanes), light paraffins (ethane, propane
and isobutene), C5+ aliphatics (olefins and paraffins), aromatics
(benzene, toluene and xylenes) and methane.

The integrated process features conditions under which n-
butane behaves as both reactant and reaction product, the latter
formed in the transformation of methanol. When conversions are
defined in the integrated process for oxygenates and n-butane, in
the latter case they are negative for certain operating conditions,
which has no physical meaning. Therefore, an apparent conversion
has been defined for the combined feed (n-butane/oxygenates):

Xapparent = F0 − Fe

F0
(1)
Fig. 4. Contour map of heat released (kJ (mol CH2)−1) in the integrated process for
different combinations of temperature and methanol/n-butane molar ratio in the
feed.
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This attenuation of the reactions involving methanol ther-
mal decomposition is because they occur simultaneously to the
endothermic cracking of n-butane, and this avoids the formation
of hot spots in the vicinity of the catalyst active sites.
ig. 5. Effect of methanol/n-butane molar ratio (CH2 equiv. units) in the feed on the
ield of reaction products at zero time on stream, 550 ◦C. (a) Space time, 0.24 (g of
atalyst) h (mol of CH2)−1; (b) space time, 2.4 (g of catalyst) h (mol of CH2)−1.

The yield of each lump has been calculated as:

i = Fi

F0
(2)

here Fi is the molar flowrate of the i lump in the product stream
xpressed in CH2 units.

Fig. 5 shows the effect of methanol/n-butane molar ratio in the
eed (in CH2 equivalent units) on the yield of reaction product
umps at zero time on stream by extrapolation of product yield evo-
ution with time. The results correspond to 550 ◦C and each graph to
space time value. The yield of C2–C4 olefins increases significantly
s the methanol/n-butane ratio is increased to a range of 0.75–1.0
in CH2 equiv. units), whereas the yield of C2–C4 paraffins decreases
n the same range (Fig. 5a). This effect is more pronounced for higher
alues of space time, 2.4 (g of catalyst) h (mol CH2)−1 (Fig. 5b).
nder these conditions, an increase in aromatic yield is also con-

iderable as the methanol/n-butane ratio increases, although it is

ess pronounced than that of C2–C4 olefins.

These results are explained primarily by the energy com-
ensation of the two reactions, the transformation of n-butane
endothermic) and the transformation of methanol (exothermic),
o that increasing the methanol/n-butane ratio in the feed will pre-
Journal 160 (2010) 760–769

sumably increase the real temperature in the acid centres, although
local temperature on the active sites clearly cannot be measured.
Furthermore, when increasing the methanol/n-butane ratio in the
feed the water formed as a product of methanol dehydration will
help to decrease the C2–C4 paraffin yield. This hypothesis is con-
sistent with that of Corma et al. [51], who attribute the higher
yield of olefins in n-hexadecane cracking by co-feeding water to
the enhancement of n-hexadecane diffusion in the zeolite crys-
tal channels and to the attenuation of bimolecular cracking and
hydrogen transfer reactions, which lead to the formation of paraf-
fins.

Moreover, the yield of C2–C4 paraffins in the integrated process
is much lower than that determined in a previous work (60 wt%),
where the cracking of n-butane was studied under similar reac-
tion conditions, which confirms the effect of water in the reaction
medium [41].

The methanol/n-butane molar ratio corresponding to the inflex-
ion point in the curve of olefin yield shown in Fig. 5 is 0.75–1.0
(based on CH2 units) which corresponds to a methanol/n-butane
molar ratio of 3/1, for which the two reactions are energy balanced
according to thermodynamics (Fig. 4).

The results in Fig. 5 indicate an important advantage of the
integrated process over methanol transformation concerning the
reduction in by-products and greenhouse gases. In the transfor-
mation of methanol above 500 ◦C, the thermal decomposition of
methanol is significant, with the formation of methane, CO and
CO2. The methane yield in the integrated process is significantly
lower than that obtained with a similar catalyst in methanol trans-
formation, particularly when the catalyst is partially deactivated
[38–52]. The yield of CO + CO2 is also lower than in the transfor-
mation of methanol and barely reaches 0.5% (C transformed) at the
maximum temperature, 575 ◦C, and for the minimum value of space
time studied.
Fig. 6. Contour map for the yields of C2–C4 olefins (express in % of CH2 equiv. units)
in the joint transformation of methanol and n-butane for different possible combi-
nations of temperature and space time.
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by methylation of aromatics. C3+ olefins are formed in cycle II
by methylation-cracking of olefins, at the same time generating
aromatics by cyclization of naphthenes and subsequent hydrogen
transfer, which activates cycle I.
ig. 7. Comparison of the effect of space time on C2–C4 olefin yield in the
ethanol transformation process, n-butane cracking and in the integrated process

methanol/n-butane molar ratio = 3/1), at 500 ◦C (a) and 550 ◦C (b).

.3. Conditions for olefin production

Fig. 6 shows the contour maps for C2–C4 olefin yield (expressed
n CH2 unit percentage) for different combinations of temperature
nd space time in the integrated process. The data plotted corre-
pond to the values extrapolated at zero time on stream of yield
volution with time on stream for different reaction conditions.
here is a region of optimum yield for temperatures above 540 ◦C
nd space times between 2 and 5 (g of catalyst) h (mol CH2)−1, in
hich C2–C4 olefin yields are above 20%.

.4. Synergy in olefin production

The effect of space time on the yield of C2–C4 olefins in n-butane
racking, methanol transformation and the integrated process is
ompared in Fig. 7. The results correspond to 500 ◦C (Fig. 7a) and to
50 ◦C (Fig. 7b). It is observed that for both temperatures studied

ethanol transformation requires an autocatalytic or acceleration

tep in the generation of olefins. Consequently, a space time higher
han 0.25 (g of catalyst) h (mol CH2)−1 is required at 500 ◦C for olefin
ormation. At 550 ◦C, the space time required for olefin formation
s lower, around 0.10 (g of catalyst) h (mol CH2)−1.
Journal 160 (2010) 760–769 765

Olefin formation in the integrated process is almost direct.
This is explained by the presence in the reaction medium of
C2–C4 olefins produced in the cracking of n-butane from very
low values of space time. These olefins activate the “hydrocarbon
pool” mechanism established for the transformation of methanol
into hydrocarbons [34,35]. In this mechanism C2–C4 olefins are
released from intermediate compounds (polymethylbenzenes) or
from the corresponding cations, which in turn also evolve into
coke precursors that deactivate the catalyst [53]. The presence of
these intermediates has been confirmed by different spectroscopic
methods [54–57], and their formation prior to that of olefins
explains the existence of an initiation period whose duration
decreases as temperature is increased and water content in the
reaction medium is decreased [36]. Bjorgen et al. [37] have pro-
posed a mechanism of “double cycle” for the formation of olefins
on HZSM-5 zeolite, in which polymethylbenzenes are less active
than on SAPO-34 and on �-zeolite. According to this mechanism,
ethylene is released in cycle I from polymethylbenzene formed
Fig. 8. Effect of propylene co-feeding with methanol on ethylene + butenes yield for
different values of space time, at 500 ◦C (a) and 550 ◦C (b).



7 eering Journal 160 (2010) 760–769

f
h
a
t
o
r

f
f
t
m
t
m
m

e
b
s
fl

S

F
m
(

66 D. Mier et al. / Chemical Engin

This result of the integrated process is relevant in order to trans-
orm methanol with a small value of space time. Furthermore, it
as already been confirmed that co-feeding olefins with methanol
ctivates the formation of olefins [34,35,58]. In order to verify
his finding for our catalyst and operating conditions, a mixture
f methanol and propylene (3/1 molar ratio) has been fed into the
eactor.

Fig. 8 compares the yields of ethylene + butenes obtained by
eeding methanol and the mixture of methanol/propylene for dif-
erent values of space time. Fig. 8a corresponds to 500 ◦C and Fig. 8b
o 550 ◦C. The results show that when co-feeding propylene the for-

ation of ethylene and butenes requires a very small value of space
ime. However, it is also observed that by increasing space time the

ixture gives way to lower yields than those obtained when pure
ethanol is fed.
From an industrial point of view the integrated process is inter-

sting for maximizing the selectivity of C2–C4 olefins, which has
een calculated as the ratio of their molar flowrate in the product

tream to the sum of olefin flowrate and non-recyclable product
owrate, FNR, in the output stream.

olefins = Folefins

Folefins + FNR
100 (3)

ig. 9. Comparison of the evolution with space time of C2–C4 olefin selectivity in
ethanol transformation process, n-butane cracking and in the integrated process

methanol/n-butane molar ratio = 3/1), at 500 ◦C (a) and 550 ◦C (b).
Fig. 10. Improvement coefficient in the integrated process for different values of
space time and three values of temperature.

The definition of selectivity based on recyclable products is use-
ful in this process and in others, such as the MTO process, for which
industrial operation is conducted by recycling a fraction of the prod-
uct stream.

The products considered in Eq. (3) to be recycled back into the
reactor for olefin production are: (i) non-aromatic C4–C10 fraction,
whose reactivity for cracking is similar to or higher than that of
n-butane and; (ii) dimethyl ether, whose reactivity in the MTO
process is higher than that of methanol [59].

The results of C2–C4 olefin selectivity are shown in Fig. 9 and cor-
respond to 500 ◦C (Fig. 9a) and 550 ◦C (Fig. 9b). As observed, C2–C4
olefin selectivity in the integrated process is very high. A maxi-
mum selectivity of 80% is obtained for a low value of space time,
around 0.1–0.2 (g of catalyst) h (mol CH2)−1, at the two tempera-
tures (500 and 550 ◦C), which is also the case in n-butane cracking,
although the selectivity in this reaction decreases sharply as space
time is increased, but in the integrated process the decrease is more
attenuated.

In order to quantify the improvement in the joint feeding of
n-butane and methanol, a coefficient, �, has been defined as the dif-
ference between the olefin yields in the integrated process, YCMHC

olefins,
and those obtained assuming these two reactions are carried out
separately. These virtual yields in methanol transformation, YMTO

olefins,
and n-butane cracking, YBC

olefins, have been calculated assuming that
the individual processes occur independently for the same value
of space time. The calculation for the integrated process takes into
account that methanol/n-butane ratio = 3/4 in the feed based on
CH2 equivalent units (methanol/n-butane = 3/1 molar ratio). Based
on these considerations, the improvement coefficient is calculated
as:

� = YCMHC
olefins − (0.43YMTO

olefins + 0.57YBC
olefins) (4)

Fig. 10 shows the improvement coefficient of the integrated
process, �, at zero time on stream, for different values of space
time and for three values of temperature. As observed in the
integrated process for small values of space time, olefin yield

is higher than when the reactions are carried out individually,
which is due to the aforementioned activation of the methanol
transformation mechanism by the presence of olefins produced
by n-butane cracking in the reaction medium. This improve-
ment is lower as temperature is increased, which is because the
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Fig. 11. Comparison of the evolution with time on stream of olefin yield in the
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Fig. 12. Comparison of the evolution with time on stream of olefin yield in the
methanol transformation process, n-butane cracking and in the integrated process
ethanol transformation process, n-butane cracking and in the integrated process

methanol/n-butane molar ratio = 3/1) and evolution of the improvement coefficient
n the integrated process for 2.4 (g of catalyst) h (mol CH2)−1, at 450 ◦C (a) and 500 ◦C
b).

echanism of formation and activation of the intermediates in
ethanol transformation into hydrocarbons is faster when tem-

erature is increased [37,47]. Moreover, for high values of space
ime, lower olefin yields are obtained when feeding the mixture
han those that would be obtained by performing the individ-
al reactions, given that under these conditions the formation of
ydrocarbons is enhanced in the transformation of methanol and
he main effect of co-feeding n-butane is the undesired dilution of

ethanol.

.5. Attenuation of the deactivation

Figs. 11 and 12 compare the evolution with time on stream,
nd therefore with the progress of catalyst deactivation, of C2–C4
lefin yield in n-butane cracking, methanol transformation and in
he integrated process. The evolution with time on stream of the

mprovement coefficient, �, is also shown, which is calculated by
q. (4) from the results of evolution with time on stream of olefin
ields in the three processes. The results in Fig. 11 correspond to
space time of 2.4 (g of catalyst) h (mol CH2)−1 (Fig. 11a at 450 ◦C
(methanol/n-butane molar ratio = 3/1) and evolution of the improvement coefficient
in the integrated process for 1.1 (g of catalyst) h (mol CH2)−1, at 500 ◦C (a) and 550 ◦C
(b).

and Fig. 11b at 500 ◦C) and those in Fig. 12 to 1.1 (g of catalyst) h
(mol CH2)−1 (Fig. 12a at 500 ◦C and Fig. 12b at 550 ◦C).

For the values of space time in Figs. 11 and 12, the improve-
ment coefficient is negative for zero time on stream (as occurred
in Fig. 10 for suitable high values of space time). Nevertheless, this
coefficient increases for values of time on stream higher than those
corresponding to the peak of olefin yield in the transformation of
methanol. The improvement coefficient is positive above 3 h and
increases as time on stream is increased for a space time of 2.4 (g
of catalyst) h (mol CH2)−1 (Fig. 11), and above 1 h for a space time
of 1.1 (g of catalyst) h (mol CH2)−1 and 500 ◦C (Fig. 12a). However,
as observed in Fig. 12b corresponding to 550 ◦C, the improvement
coefficient is not positive for 4 h of time on stream, which is because
the deactivation in the reaction of methanol transformation at this
temperature is very high and this negatively affects the n-butane
cracking reaction that requires strong acid centres.
The aforementioned results show that the integrated process
has a positive effect by mitigating the deactivation rate of the cat-
alyst, which is fast in the reaction of methanol transformation on
HZSM-5 zeolite for small values of space time. The deactivation
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ate of HZSM-5 zeolite by coke deposition in the transformation
f methanol has been extensively studied, and its lower deac-
ivation compared to other catalysts is noteworthy [47,52,60].
his good performance of HZSM-5 zeolite is attributed to a suit-
ble balance of its properties: (i) moderate shape selectivity; (ii)
hree-dimensional structure of micropores, without cages in the
hannel intersections, and; (iii) moderate acid strength of the
entres [61–63]. Nevertheless, it should be noted that the tem-
erature at which the integrated process has been studied in
his paper is higher than that normally used in the transfor-

ation of methanol into hydrocarbons (<450 ◦C) and, therefore,
eactivation conditions are more severe. The attenuation of deac-
ivation is presumably due to the favourable effect of a higher
mount of C2–C4 olefins (n-butane cracking products) on the
echanism of olefin formation from the aforementioned poly-
ethylbenzenes, given that the coke is formed from the evolution

f polymethylbenzenes towards inactive polyaromatic structures
37].

. Conclusions

The integration of n-butane cracking (endothermic reaction)
nd methanol transformation (exothermic reaction) in the same
eactor with a HZSM-5 zeolite allows performing the integrated
rocess under energy-neutral conditions (with a methanol/n-
utane molar ratio of 3 in the feed) with a high yield of C2–C4 olefins,
nd particularly propylene.

There are interesting synergies between the two individual reac-
ions, which significantly reduce the limitations of each individual
ne. Co-feeding methanol with n-butane increases the temperature
f the acid centres, since the exothermic conversion of methanol
nto hydrocarbons compensates the endothermic cracking. Fur-
hermore, the presence of water in the reaction medium (product of

ethanol dehydration) contributes to attenuating the bimolecular
racking reactions and hydrogen transfer, favouring the selectiv-
ty of C2–C4 olefins. On the other hand, energy compensation is
ffective for mitigating the stages of thermal decomposition of
ethanol leading to unwanted products such as methane, CO and

O2.
Furthermore, the presence in the reaction medium of C2–C4

lefins produced in n-butane cracking from low values of space
ime activates the formation of the intermediates for methanol
ransformation into hydrocarbons. Similarly, the presence of olefins
ontributes to reducing catalyst deactivation by coke, which is very
apid in the transformation of methanol. Consequently, the inte-
rated process can be performed for higher values of time on stream
han methanol transformation.

The energy compensation and synergies mentioned are espe-
ially appropriate for selectively obtaining C2–C4 olefins. The
ncrease in their yield over those of the individual processes has
een quantified with a coefficient, which is positive for low val-
es of space time (suitable for maximizing the formation of C2–C4
lefins and particularly propylene). The selectivity of C2–C4 olefins
t zero time on stream is very high, with a maximum value of 80%
t 500–550 ◦C and very low space time, about 0.1–0.2 (g of catalyst)
(mol CH2)−1.

The integrated process means a route for the joint upgrading
f two feeds, paraffins and methanol. The former are provided by
econdary interest refinery streams and the latter is a key inter-

ediate product for the valorisation via syngas of oil alternative

ources, amongst which lignocellulosic biomass is an interesting
ne for preserving the environment. Although the study in this
aper was conducted with n-butane, the yield of C2–C4 olefins is
xpected to be higher with heavier paraffins, since their reactivity
n cracking will be higher than that of n-butane.

[

[
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Nomenclature

� improvement coefficient in olefin yield, Eq. (4)
dp mean pore diameter (Å)
F0, Fe molar flowrate of n-butane + oxygenates at the inlet

and outlet of the reactor, respectively, CH2 equivalent
(mol h−1)

Fi, Folefins molar flowrate of i component and olefins in the output
stream, CH2 equivalent (mol h−1)

FNR molar flowrate of non-recyclable products in the output
stream, CH2 equivalent (mol h−1)

SBET BET surface area (m2 g−1)
Solefins selectivity of olefins, Eq. (3)
Vm, Vp micropore and pore volume (cm3 g−1)
W catalyst mass (g)
Xapparent apparent conversion of n-butane + oxygenates, Eq. (1)
Yi, Yolefins yield of i component, Eq. (2), and olefins
YBC

olefins olefin yield in n-butane cracking in CH2 equivalent units
(mol of olefins) (mol in the feed)−1

YCMHC
olefins olefin yield in the integrated process in CH2 equivalent

units (mol of olefins) (mol in the feed)−1

YMTO
olefins olefin yield in methanol transformation in CH2 equivalent

units (mol of olefins) (mol in the feed)−1
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